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Abstract  -  This paper presents a 3D full-loop simulation of a circulating fluidized bed gasifier. The model 
is validated with experimental results from the literature. The validated model is thereupon used to compare 
Bubbling Fluidized Bed (BFB) and Circulating Fluidized Bed (CFB) gasifiers to highlight the effect of a change 
in fluidization regime from bubbling to fast fluidization on hydrodynamics, temperature and gas composition. 
Feed temperature as well as Air/Coal (A/C) and Steam/Coal (S/C) ratios are kept constant, whereas the velocity 
of the feed (Air-Steam) is increased so as to get into the fast fluidization regime. It was concluded that the flue gas 
from the CFB is richer in desired gases, i.e., CO and H2 than that from BFB. H2 remains approximately the same, 
CO2 and CH4 decreased to a negligible amount and CO approximately doubles when the regime is changed. In 
addition, tar content in the gas also decreases.
Keywords: Coal gasification; Bubbling fluidized bed; Circulating fluidized bed; Computational fluid dynamics; 
Full-loop simulation.

INTRODUCTION

Energy and a healthy environment are essential 
for humanity, societies and economies to develop and 
thrive. In 2016, the three most utilized fuels for energy 
production were crude oil, coal and natural gas with 
their respective shares of 33.28%, 28.11% and 24.13% 
in global energy consumption (BP, 2017). The supply 
of crude oil and natural gas is depleting and these 
fuels are not equitably distributed. In comparison, 
coal can last up to approximately three times longer. 
Furthermore, it is relatively cheaper, available from a 
wider variety of sources and has greater price stability 
(BP, 2017). Consequently, coal utilization is increasing 
rapidly, especially in China and India where strong 
economic growth and large populations are driving 
demand for energy. Coal is the most important fuel for 
electricity generation; approximately 40% and 70% of 
total generated electricity in the world and in India, 
respectively, is attributed to this fuel (IEA, 2017a). 

However, coal is the most carbon-intensive fuel which, 
in 2016, contributed the highest CO2 emissions with 
44.9% of total CO2 emissions (IEA, 2017b). Hence, 
development of methods by which coal can be utilized 
in a clean, efficient, sustainable and cost-competitive 
way is the need of the hour.

Gasification offers the prospect of clean and 
efficient coal utilization to produce electricity in the 
Integrated Gasification Combined Cycle (IGCC), 
liquid fuels in Fischer-Tropsch (FT) Synthesis and a 
variety of chemicals (including hydrogen, ammonia, 
urea, methanol etc.) or combination of these (Poly-
generation). Gasification offers an opportunity for 
both in-situ and pre-combustion carbon and sulphur 
capture, resulting in lower emissions. Furthermore, 
in the reducing and low temperature environment 
inside gasifiers, NH3 and H2S are produced instead 
of NOx and SOx. IGCC plants can achieve as much 
as 45 - 50% efficiency, thereby reducing carbon 
emissions. 
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There are a lot of gasifiers commercially available 
or in developmental stages. All of these gasifiers can 
be classified based on the state of solid movement 
(Moving-, Fluidized- and Entrained-bed), on the 
state of ash (Dry, Agglomerating and Slagging), on 
the state of coal feed (Dry, Slurry) and on the gasifier 
pressure (Atmospheric and Pressurized). Currently, 
a large spectrum of coals can be gasified and the 
main limitations exist for coals with low rank, high 
ash content and small particle size (Gräbner, 2015). 
Particularly coals from China or India contain high ash 
content (>30 wt%), ash fusion temperatures (>1600 
°C) and sulphur content (>3 wt%) (Gräbner, 2015). As 
the ash content increases, many operational problems 
such as increased cost and fouling occur, along with 
a decrease in efficiency and conversion (Gräbner, 
2015). India and China are the most coal importing 
countries, partially because of the fact that the high-
ash coal abundant in these countries is difficult to 
utilize. Consequently, there is an increasing interest in 
the use of low-rank coals with high ash or moisture 
contents in emerging nations (e.g., India, Indonesia) 
(Gräbner, 2015).

Iyengar and Haque (1991) concluded that the high 
ash content in coal affects a moving bed gasification 
system the least, followed by bubbling and entrained 
bed gasification systems. Moving-bed gasifiers 
produce large amounts of tar and are unsuitable for 
large installations. In contrast, fluidized bed gasifiers 
have several advantages over other types of gasifiers 
such as: (1) better gas quality with moderate oxygen 
and steam consumption, (2) little fuel preparation, (3) 
high fuel flexibility, (4) potential for large capacities 
and scale-up (Gräbner, 2015). Hence, it was concluded 
that fluidized bed gasifiers are the most suitable for 
coal gasification of high ash Indian coals.

The fluidized bed gasifiers can be divided into 
bubbling fluidized bed (BFB) and circulating fluidized 
bed (CFB) gasifiers. The selection of a gasifier between 
these two types is the next step for the designers. 
The differences between BFB and CFB gasifiers 
have been discussed in literature (Basu, 2006), but a 
comprehensive assessment of the effect of this regime 
change is not presented until now. This paper is an 
attempt to fill that void by a three dimensional full-loop 
Computational Fluid Dynamic (CFD) simulation of a 
gasifier. The CFD models are proven to be an efficient, 
accurate and cost-effective tool to understand reactive 
fluidized bed systems. Li et al. (2014) concluded that 
full-loop simulation is required to accurately predict 
the transition between different fluidization regimes. 
Therefore, recent attempts (Liu, 2015; Liu, 2016; Yan, 
2016; Liu, 2017; Kraft, 2017; Bogdanova, 2017; Shao, 
2017; Yu, 2018) to study gasification are based on three 
dimensional full-loop CFD simulation. Therefore, the 
objective of this paper is to present a three-dimensional 

full-loop simulation of a CFB gasifier and compare it 
with the performance of a BFB gasifier to highlight 
the effect of regime change on various hydrodynamic, 
heat and mass transfer variables.

GOVERNING EQUATIONS

The Euler Granular Multiphase Model (EGMM) 
is utilized to simulate the CFB. In EGMM, gas and 
solid phases are assumed to be an inter-penetrating 
continuum and the rheological properties of the solid 
phase are calculated using Kinetic Theory of Granular 
Flow (KTGF). The governing equations of the gasifier 
include mass, momentum, energy and species transport 
equations for the gas and solid phases and a granular 
energy equation.

Mass and momentum conservation equations 
describe the hydrodynamics in the gasifier. The spatio-
temporal distribution of density and volume fraction 
owing to interphase mass transfer (i.e., heterogeneous 
reactions) and convection is governed by the mass 
transport (continuity) equations for the solid and gas 
phases, which are as follows:

( ) ( )g g
g g g s. u R

t

∂ r a
+∇ r a = ∑

∂

where Rs is the volumetric rate of interphase mass 
transport, i.e., the rate of heterogeneous reactions in 
the case of gasifier.

The momentum conservation equations incorporate 
the effect of various external forces (such as pressure, 
shear, gravity) and interphase momentum transfer due 
to drag and mass transfer on the hydrodynamics. Thus, 
the momentum transport (Navier-Stokes) equations 
for the gas and solid phases are:
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where tg and ts are shear stress tensors for the gas and 
solid phases, respectively, and are defined as (Johnson 
and Jackson, 1987):
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The interphase momentum transfer coefficient 
(Kgs) depends on the drag force between solid 
particles and the gas phase and can be described by 
various correlations. Although drag models are not 
fully understood until now, the Energy-Minimization 
Multi-Scale (EMMS) (Zhang et al., 2008) model 
is currently considered to be the most effective 
model to describe the hydrodynamics of CFBs 
because it is derived from multi-scale analysis of 
mass and momentum conservation and the stability 
criterion based on a compromise between dominant 
mechanisms (i.e., gas tries to follow a path of least 
resistance and solid particles try to arrange themselves 
to minimize their potential energy). The EMMS 
model thus derived can be modelled according to the 
following scheme:

Hd,max is a constant whose value is equal to 3.04.
The bulk viscosity of the gas phase is identically 

zero and the properties of the solid phase, i.e., bulk 
viscosity (lS) (Lun et al., 1984), viscosity (mS) and 
solid pressure (pS) (Lun et al., 1984) depend on 
granular temperature and can be quantified with the 
following correlations:

s g g s g 2.65
gs d g d

s

u u3K C H
4 d

−
a a r −

= a

where the heterogeneity index Hd = [A(Re+B)C]/
(Hd,max) is calculated from the relative Reynolds 
Number Re = (2rg|ug - us|ds)/(mg) and constants A, 
B and C which are dependent on voidage and are 
described as follows:
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The solid viscosity contains three parts, i.e., 
collisional, kinetic and frictional. The Gidapow 
correlation (Gidaspow et al., 1992) is considered for 
the collisional and kinetic terms and, for frictional 
viscosity, Schaeffer’s expression (Schaeffer, 1987) is 
taken in the present model. The granular temperature 
(qS), which quantifies the fluctuating energy of the 
solids, is calculated from the granular energy equation 
(Ding and Gidaspow, 1990):
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where kqS and gqS describe diffusive transport and 
collisional dissipation of granular energy, respectively, 
and are defined as follows (given by Gidaspow et al., 
1992 and Lun et al., 1984, respectively):

Diffusion in the case solid species is considered to 
be zero. Therefore, the species transport equations 
describing the spatio-temporal distribution of various 
gas and solid species are given as:

( ) ( ) ( )
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The radial distribution function (g0) is used to counter 
the common problem of unphysical solid fraction 
encountered in TFM due to the artificial fluid behaviour 
of the solid phase and is given as (Ogawa et al., 1980):
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3

s
0

s,max
g 1

−
 

 a 
= −    a  
 

where as,max = 0.63. Temperature of both gas and 
solid phases changes due to both heterogeneous and 
homogeneous reactions. In addition, convection and 
conduction within the phase, as well as interphase heat 
transfer, affect the temperature. The energy transport 
equations, which incorporate the aforementioned 
heat transfer mechanisms to quantify changes in 
temperature for the gas and solid phases, are given as:
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where Hg = SYiHi and HS = CSTS are the enthalpies 
of the gas and solid phases respectively. Conductive 
transfer of heat in the gas and solid phases is governed 
by qg = kg∇Tg and qS = kS∇TS. Interphase transfer of 
heat by convection is denoted by the heat transfer 
coefficient (h) which is calculated with the Gunn 
(1978) correlation as follows:

s g
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DHRs and DHRg are the heats of heterogeneous and 
homogeneous reactions, respectively.

Gas composition changes in the gasifier due to 
reactions, as well as due to diffusion and convection. 
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where Di is the diffusivity of the ith specie in the 
mixture.

Eight heterogeneous and eight homogeneous 
reactions are considered for the description of the 
gasification system, which are given in Table 1 along 
with their kinetic coefficients for extended Arrhenius 
equation, i.e., k = ATn exp(-E/RT). The Kobayashi 
two-step model is used for devolitilization (Kobayashi 
et al., 1977) and the composition of the volatiles 
is calculated based on the ultimate and proximate 
analysis of the coal given in Table 2.

Furthermore, the equation of state (Ideal Gas 
equation) and volume fraction equation are also 
required to close the problem and are as follows:

g gPM RT= r

g s 1a +a =

Thus, simultaneous solution of mass, momentum, 
energy and species conservation equations is carried 
out to predict the performance of the gasifier.

GEOMETRY

The geometry envisaged for the CFB loop of Ju et 
al. (2010) is given in Figure 1. The CFB loop consists 
of a riser, a cyclone and a return-pipe. The riser is a 
cylindrical vessel with diameter of 0.9 m and height 
of 12 m. Air or an air/steam mixture is blown from the 
inlet at the bottom to fluidize the particles in the riser. 
Xuzhou bituminous coal was used in the present study. 
Table 2 shows the basic characteristics of Xuzhou 
bituminous coal.

SIMULATION SET-UP

The commercial CFD software ANSYS Fluent® 
v.15 is used for the simulations. The simulation setup 
is given in Table 3. The properties not listed in Table 
3 were retained at their default values. The EMMS 
Heterogeneity index, heterogeneous reaction rate 
and particle density were coupled with Fluent using 

(16)

(17)

(18)

(19)

(20)

(21)

(22)

(23)

(24)

(25)

(26)
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Table 1. Heterogeneous and homogeneous reaction kinetics.

Table 2. Basic characteristics of Xuzhou bituminous coal.

Figure 1. Geometry of the CFB loop.

DEFINE_EXCHANGE_PROPERTY, DEFINE_
HET_RXN_RATE and DEFINE_PROPERTY User-
Defined Function (UDF) macros, respectively. Ash 
was used as bed material, which filled up the riser up 
to a height of 300 mm initially, so it was patched in 
fluent with a minimum fluidization volume fraction of 
0.552. Initial temperature of the bed is 1073 K and it 
is filled with air. After reaching a quasi-steady state, 
2 s of data is time-averaged, and used in our analysis.

RESULTS AND DISCUSSION

This section presents a grid independence study, 
validation of the model and finally a comparison between 
BFB and CFB gasifiers based not only on hydrodynamic 
variables such as solid volume fraction, velocity of 

both solid and gas phases, static pressure, but also on 
temperature and composition of the product gas.

Grid independence
CFD models are solved on discretized grids by 

numerical methods. The meso-scale flow structures 
can only be captured with a relatively fine mesh. 
Since a coarse mesh can lead to false macroscopic 
flow fields, a grid independence study is necessary 
to evaluate the effect of grid resolution on the final 
solution. Considering these facts, three case studies 
with Coarse (40439 cells), Finer (106478 cells) and 
Finest (186987 cells) mesh were conducted to observe 
the effects of the mesh resolution on the simulation 
results. The instantaneous results of composition of 
the products at the outlet and axial profiles of gas and 
solid temperature, static pressure and solid volume 
fraction along the riser axis for the base case after 200 
time-steps were compared and the results are shown in 
Figure 2. It should be noted that sometimes the mean 
value can show similar values when instantaneous 
values are different; that is why, for grid independence, 
instantaneous value are compared.

It can be observed from Figure 2(a) that the outlet 
gas composition is quite similar for all the three meshes. 
Figure 2(b), (c), (d) and (e) present reasonably similar 
axial profiles of solid volume fraction, static pressure 
and solid and gas temperature. Solid temperature 
(Figure 2(d)) shows the largest variation. Thus, it can 
be concluded that all the three meshes will provide 
reasonably accurate data. Keeping the aforementioned 
observations and the limitation on the execution time 



Vikrant Sharma and V. K. Agarwal

Brazilian Journal of Chemical Engineering

1294

Table 3. Simulation setup.

Figure 2. Grid independence study.
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in consideration, the Coarse mesh was chosen for this 
study and is presented in Figure 3.

gasifiers is given in Figure 4. It can be clearly seen 
from the graphs that, while the BFB gasifier reaches 
a quasi-steady state at around 8 seconds, the CFB 
gasifier takes longer to reach a reasonably stable 
region. Furthermore, the fluctuations in the profiles are 
comparatively more in the case of the CFB gasifier. 
Comparison between published results for a BFB 
gasifier (Armstrong et al., 2011) and CFB Gasifier 
(Zhang et al., 2015; Hassan, 2013) shows a similar 
trend. It should be noted that negative values of the 
outlet mass flow rate indicate that flow is going out.

Figure 5 presents a comparison between the axial 
distribution of mean static pressure along the axis of 
the riser for the BFB and the CFB gasifiers. From 
Figure 5, it can be stated that there is a large variation 
between the pressures of the two operations and 
pressure inside a CFB is significantly higher than in 
a BFB. While observing the total pressure drop in the 
riser, although the pressure drop in the CFB (1946.96 
Pa) is larger than in a BFB (1489.585 Pa), it is not as 
large a deviation as we have seen in pressure. Afrooz et 
al. (2016) present an axial profile of pressure in a BFB 
and Lu et al. (2013) and Zhang et al. (2008) present it 
for a CFB similar to the ones presented here.

Axial variation of the solid volume fraction along 
the axis of the riser is given in Figure 6. It can be clearly 
seen from the figure that the bottom bed is quite dense 
in case of a BFB, while the rest of the riser is an empty 
freeboard region. In case of a CFB, almost the same 
value of solid volume fraction is observed throughout 
the riser with a very small increase in the lower part 
of the riser. From the zoomed view, it can be seen that 
the solid volume fraction in a CFB is always higher 
as compared to BFB except in the bed. The sudden 
increase in the solid volume fraction at the end of the 

Figure 3. Mesh of the CFB loop.

Table 4. Comparison between experiment and simulation.

Model validation
Table 4 shows comparison between experimental 

and simulation results for the mean outlet gas 
composition and mean bed temperature at steady state 
for A/C = 2.65; S/C = 0.0 (Base Case) and A/C = 2.65; 
S/C = 0.15 for the BFB. The relative error between 
the two measurements is also calculated to ensure 
the validity of the model. It can be seen from the two 
cases that the maximum normalized percentage error 
between the simulation and the experimental data is 
7.98% for the variables tested, which is less than the 
engineering acceptable limit, i.e., 10%. Thus, it is 
concluded that the modelling and simulation work will 
be able to produce acceptable results.

Comparison between BFB and CFB coal gasification
Transient variation of the outlet gas temperature 

and outlet mixture mass flow rate of BFB and CFB 

Figure 4. Transient variation of (a) outlet gas temperature and (b) outlet mass flow rate.
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riser is due to a cluster formation on the wall of the 
riser while gas is moving towards the exit and into the 
connector to the cyclone. Since the solid particles are 
distributed throughout the riser, in the case of a CFB, 
more pronounced gas solid contact and in turn better 
heat and mass transfer will be observed. In addition, 
in the case of CFB, heterogeneous reactions are not 
limited to the bed region.

Radial distribution of the solid volume fraction at 
different riser heights is shown in Figure 7. It can be 
seen from Figure 7 that, at 0.1 m, the solid volume 
fraction in a BFB is very high in comparison to CFB; 
at 0.5 m similar values are obtained for both types and, 
at 1 m and beyond, the solid volume fraction in a BFB 
is constantly zero. In contrast, in the CFB at and after 
1 m, the solid volume fraction is always higher than 
zero and it is high at the walls and relatively lower 
in the central region, i.e., typical core-annular flow 
is observed. Below 1 m, the recirculating gas and 
particles from the return leg push particles to other 
side and create a lot of turbulence. Figure 7(b) shows 
that the solid volume fraction decreases as riser height 
increases. Axial and radial profiles of the solid volume 
fraction in a BFB (Loha et al., 2012; Wang and Liu, 
2010) and CFB (Zhang et al., 2008) corroborate the 
findings presented here.

Figure 8 shows radial profiles of the mean solid 
axial velocity at different riser heights. It can be 
clearly seen that, while CFB can be distinguished 
from characteristic core-annular flow, i.e., high 
axial velocities in the central region and low or even 
negative axial velocities near the wall, BFB shows 
negative mean velocities throughout the bed. Although 
bubbles, whose void fraction is close to one, push the 
particles while moving towards the freeboard region, 
on an average, the particle’s tendency is to move 

Figure 5. Axial distribution of mean static pressure 
along the riser axis.

Figure 6. Axial distribution of mean solid volume 
fraction along the riser axis.

Figure 7. Radial distribution of mean solid volume fraction at various riser heights.

Figure 8. Radial distribution of mean solid axial 
velocity at various riser heights.
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downwards under the effect of gravity. In addition, the 
gas and particles coming from coal and recycle inlets 
keep the axial velocity negative in the BFB, where 
the gas velocity is lower. At around 1 m, where the 
freeboard region starts, the velocity is close to zero and 
will remain the same throughout the riser. In contrast, 
CFB shows increasing velocities with increasing riser 
height. Zhao et al. (2015), Almuttahar et al. (2008), 
Zhang et al. (2001), Peng et al. (2016) and Gungor et 
al. (2007) show similar solid axial velocity profiles. 

Figure 9 presents the radial distribution of mean 
gas axial velocities at different riser heights of BFB 
and CFB. It can be seen from the figure that mean 
gas axial velocities in the case of CFB are much 
higher than BFB. Also, they are much higher than the 
corresponding solid velocities. The sudden decrease at 
the centre of the riser at 0.5 and 1 m and in the near-
wall region at 0.1 m can be attributed to high negative 
velocity gases coming from the return-pipe. Owing 
to the same reason, gas velocities near the wall at 0.5 
and 1 m achieve exceptionally high values. After the 
effect of the return-pipe settles, mean gas velocities 
are approximately the same throughout the riser with 
core-annular structure.

Figure 10 shows the axial distribution of gas and 
solid temperatures in BFB and CFB along the riser 
axis. It can be observed from the figure that, in the 
case of the BFB, solid and gas temperatures almost 
exactly overlap each other; in contrast, in the case of 
CFB, difference between the solid and gas temperature 
is very high near the inlet and decreases along the 
riser height. The temperature of the solid is lower 
because only a fraction of the heat evolved during 
heterogeneous combustion reactions remains in the 
solids. The rest of the heat is carried out to the bulk 
gas phase by the product gases. In addition, the heat 
of homogeneous combustion reactions is entirely 
consumed by the gas phase. Moreover, the difference 
between gas and solid phase decreases along the riser 
due to interphase heat transfer. In both BFB and CFB, 

Figure 9. Radial distribution of mean gas axial velocity 
at various riser heights.

the temperature is almost uniform throughout the bed 
(slight decrease with increasing riser height due to 
endothermic gasification reactions) by virtue of the 
excellent heat transfer characteristics of the fluidized 
bed, except near the inlet. It is an expected outcome 
since, at the inlet, oxygen and coal are fed into the 
gasifier and the fastest and most exothermic of all the 
gasification reactions, the combustion reaction, takes 
place. Consequently, there is a huge temperature rise 
and almost complete elimination of oxygen at the 
inlet. Similar profiles of gas and solid temperatures for 
a CFB gasifier were observed in other studies (Hassan, 
2013; Zhou et al., 2011; Wu et al., 2017). In case of 
a BFB, the highest gas, highest solid, lowest gas and 
lowest solid temperatures are 893.23, 775.73, 653.35 
and 652.27 ºC respectively, whereas, in the case of 
CFB, these values are 3916.93, 1499.25, 1130.73 and 
1127.51 ºC respectively.

Temperature in the BFB is well below the ash 
softening temperature (~1200 ºC); it should be 
increased up to this limit to maximize yield and 
efficiency. In contrast, in CFB, the temperatures of 
both gas and solid phases are higher than the ash 
softening limit at the current operating conditions. The 
higher temperature will give maximum conversion 
but operational difficulties of ash melting such as 
defluidization, corrosion etc. need to be overcome, 
especially when using high ash coals. For high ash 
coals, we need to avoid ash slagging. Furthermore, the 
assumption of kinetically controlled reactions is not 
valid beyond 1200 ºC, so the model has to be changed to 
include mass transfer resistances. The aforementioned 
purpose can be achieved by decreasing the inlet 
oxygen flow rate, thereby decreasing the combustion 
rate and heat release.

Figure 11 shows contours of the instantaneous mole 
fraction of different gas species in the BFB Gasifier 
at 10 s. Similarly, Figure 12 shows the same for the 
CFB gasifier. It was observed from the figures that the 

Figure 10. Axial profile of mean gas and solid 
temperature.
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Figure 11. Contours of instantaneous species mole fraction at 10 sec in BFB gasifier.

Figure 12. Contours of instantaneous species mole fraction at 10 sec in the CFB gasifier.
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reactants fed from the inlet, i.e., O2 and H2O are almost 
completely consumed at or near the inlet and nitrogen 
in the feed air is almost uniformly distributed in the 
gasifier.

Contours of CH4 mole fraction show higher and 
more uniform concentrations of CH4 in BFB than in 
CFB. CO concentration is very high and constant in 
the CFB. In addition, CO2 is negligible in the CFB. 
H2S and NH3, which are produced by devolitilization 
reaction and do not undergo any further reaction, show 
similar trends in both BFB and CFB. In the case of 
BFB, higher concentration of these effluents is seen 
at relatively higher riser height, whereas in ther case 
of the CFB, it is higher at the production point. The 
devolitilization reaction seems to elongate in the 
direction of flow. Tar also shows contours the same 
as NH3 and H2S as oxygen is consumed at the inlet 
and is not available for oxidation of tar. H2 is available 
in both BFB and CFB throughout the gasifier and in 
approximately the same amounts.

Table 5 shows the composition and temperature 
of both solid and gas phases. Solid particles are not 
available at the outlet of BFB, whereas a 3% carbon 
loss from entrained particles exiting the gasifier is 
predicted in CFB. The temperature of the solid particles 
is 1390.32 °C, which is higher than the ash softening 
temperature. The gas exiting from the CFB is richer 
in CO and H2 than the gas from BFB. H2 remains 
approximately the same, but a major difference can 
be seen in the concentration of CO and CO2. CO2 
and CH4 decreased to a negligible amount and CO 
approximately doubles when the regime is changed 
from bubbling to fast fluidization at the same A/C and 
S/C ratios. Tar content in the gas also decreases.

The model was validated against simulation data. 
Furthermore, a comparison between bubbling and 
circulating fluidized bed gasifiers is presented. 
Keeping temperature, Air/Coal and Steam/Coal 
constant, hydrodynamic variables such as solid 
volume fraction, solid axial velocity, gas axial 
velocity and pressure, along with gasification 
parameters such as temperature and composition of 
syngas, are compared. The following conclusions can 
be drawn from our analysis:

1)	 In contrast to the BFB, in the CFB the solid 
particles are distributed throughout the riser, giving 
rise to more pronounced gas solid contact and in turn 
better heat and mass transfer will be observed. In 
addition, in the case of CFB, heterogeneous reactions 
are not limited to the bed region.

2)	 In the CFB, a characteristic core-annular flow 
of solids is observed, whereas BFB shows negative 
mean axial velocities of solids.

3)	 In both CFB and BFB, temperature is uniform 
throughout the riser except near the inlet.

4)	 In the CFB, A/C = 2.65 is very high as it gives 
temperatures above the ash softening limit, which is 
not desirable. Adjustment of the A/C ratio to maintain 
temperatures below ash softening is required.

5)	 In the syngas from the CFB, CO (~35%), H2 
(~15%) and N2 (~40%) are the most prominent gas 
components, whereas in a BFB, N2 (~31%) is the 
most prominent and CO (~14%), CO2 (~11%) and H2 
(~12%) are present in approximately same amounts at 
current conditions.

6)	 When the regime is changed from bubbling to 
fast fluidization at the same feed temperature and A/C 
and S/C ratios, H2 remains approximately the same, 
CO2 and CH4 decrease to a negligible amount and CO 
approximately doubles. In addition, tar content in the 
gas also decreases.
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